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Axial Mixing and Extraction in a
Mechanically Agitated Liquid

Extraction Tower

ROGER E. BIBAUD and ROBERT E. TREYBAL
New York University, New York, New York

Axial mixing was measured in both phases for a countercurrently operated, mechanically
agitated extractor of the Oldshue-Rushton design for water continuous and toluene and kerosene
dispersed. Results in terms of an eddy axial diffusivity were correlated in terms of the variables
studied. These correlations were then applied to column performance during extraction of
n-butyl amine from kerosene into water, and the true mass transfer coefficients, corrected for
axial mixing, were determined. These are shown to be predictable for droplets of dispersed

phase considered to be rigid spheres.

Axial mixing in liquid-extraction towers is the combined
effect of two phenomena: that due to turbulent and mo-
lecular diffusion in the axial direction and that resulting
from a nonuniform velocity across the cross section of the
tower. It exists in both the continuous and dispersed lig-
uids. It is undesirable, since the difference between solute
concentrations in the two contacted liquids is thereby re-
duced, in turn resulting in lower rates of extraction than
would prevail under plug-flow conditions.

Atttention was first called to the results of axial mixing
in extractors around 1950 (6, 8, 20) when a substantial
end effect, in reality an alteration of the plug-flow counter-
current concentration profile attributable to axial mixing,
was noted in spray towers. Since then, methods of taking
it into account in the design of extractors have been de-
veloped (17, 24) but these depend upon having at hand
experimental measurements of the axial mixing effect, or
means of predicting it. Methods of measurement have
been reviewed (15). Despite the great importance of the

Roger E. Bibaud is with Vitro Engineering Company, New York,
New York.

Page 472

A.l.Ch.E. Journal

phenomenon in liquid extraction, there have been rela-
tively few measurements in equipment of interest under
typical extraction conditions, that is, with two liquid
phases flowing countercurrently: for the continuous phase
in a small column (I11); the continuous (15, 23), dis-
persed (2), and both phases (18) in small pulsed col-
umns; both phases in packed columns (I3, 14); the con-
tinuous phase in a reciprocating plate column (7); and
both phases in rotating disk contactors (RDC) (25).
There are no published data for two-phase flow in the
types of towers used in the present work, although a
report was made (9) of measurements taken during the
flow of water alone.

EDDY DIFFUSIVITY OF AXIAL MIXING

For devices wherein the concentrations of dissolved
solute change continuously with axial distance, on the
assumption that the axial mixing can be adequately de-
scribed by an eddy diffusivity E, the material balances
over a differential height of the extractor for the raffinate
liquid are

May, 1966
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In the normal operation of an extractor under steady
state conditions, 8x/8t = 8y/dt = 0, and these become

K,a Ve dx d2x
- — ——— 4+ E =0 (3
™ (x —y/m) o + Eg P (3)
Kya Vg dy dy
— — 2 L E =0 4
™ (x —y/m) too (4)

The boundary conditions, obtained by material balances
for each liquid at each end of the column, are

at =0, Vgx;=Vgpx— ¢r Er dx/dz (5)
dy/dz =0 (6)
at z=L, Vegy,=Vgy+ ¢z Exdy/dz (N
dx/dz =0 (8)

Tables giving solutions to Equations (3) and (4), as-
suming Er and Eg to be constant, have been published
(17, 24) in terms of the extraction factor m Vg/Vg, the
eddy Peclet numbers Vi L/¢r Er and Vg L/ég Eg, and
the number of overall raffinate transfer units Nior = K
a L/Vg. Also, Sleicher (24) has developed an empirical
equation from these results which relates the number of
transfer units required under axial mixing conditions N.or
to the number N¢orp required to accomplish the same ex-
traction under plug flow (that is, no axial mixing) condi-
tions. These latter are given under conditions of constant
extraction factor, for example, by the familiar

X — Yo/M ( Ve ) Vr ]
lnl:(xl——ya/m 1 mVyg +mVE

1—-Vy/mVg

NtORP =

In this equation the distribution coefficient is defined in
the usual manner, m = y/x at equilibrium, and the ex-
traction factor is m Vg/Vg. These are the inverse of these
terms as used by Sleicher. Thus, if the axial mixing in
each liquid is known in terms of the eddy diffusivities
Er and Ep, and if K., a, and ¢r can be estimated, then
the number of transfer units Nyr and hence L, the re-
quired length of the extractor, can be calculated by ref-
erence to Sleicher’s equation.

Alternatively, for truly stage types of devices, where
concentrations change in a stepwise manner from stage
to stage and are uniform throughout each stage, Gutoff
(9) has suggested that axial mixing may be characterized
in terms of the actual volumetric rate of liquid backflow,
and has shown the relationship between this and eddy
diffusivity. As he points out, devices of the sort used in
this investigation are neither truly differential nor truly
stagewise in their behavior, and neither the concept of
eddy diffusivity nor liquid backflow will apply perfectly.
As the number of stages, or compartments in the case of
the present extractor, is increased, the concept of an eddy
diffusivity becomes more likely applicable, however. The
excellent manner in which the data for the continuous
phase particularly follow Equation (11), developed below
in terms of eddy diffusivities, indicates that a sufficient
number of compartments is evidently present in this work.
And since for a related extractor, the RDC, the eddy
diffusivity concept has been successfully applied (25), it
is this which has been used here.

Vol. 12, No. 3

A.L.Ch.E. Journal

LIGHT PHASE HEAVY PHASE
OUTLET INLET
-
-l
L]
2 SAMPLER
o
et Ll g
Tl T
© o
o~
<1 FaE ;
o B s e | . —— =2} 6°1.0.
<+ L o
sl 3.25°DIA.
o 3 <
bl e frbea i
a#0
ossTmlguTgnsgms | K
WITH 6 HOL L
20 0,125 01A. -
-] v
-1 l"—O.S"
DETAIL OF TURBINE & BAFFLES
o
~
hd
LIGHT PHASE HEAVY PHASE
INLET OUTLET

Fig. 1. Mechanically agitated extractor.

MECHANICALLY AGITATED EXTRACTOR

The extractor studied here (Figure 1) is of the Old-
shue-Rushton design (21). The walls are of Pyrex glass,
6-in. 1.D., and the twelve agitated compartments, each
3.25 in. high, are separated by horizontal, annular ring
baffies having a central opening 3.25 in. in diameter. Four
radial wall baffles, 0.5 in. wide, arranged at 90-deg. in-
tervals, are provided in each compartment. The 2-in.
diameter, six-bladed, flat-blade turbine agitators, one cen-
trally located in each compartment, are on a common
shaft turned by a variable speed drive at the top (not
shown). The settling zones at either end of the tower are
each 18 in. long. Small diameter tubes lead from alternate
compartments through the horizontal baflles to the out-
side, and these may be used for injecting liquids into the
extractor or for sampling the compartment contents. The
extractor is arranged with the usual supply and receiver
tanks, pumps, and rotameters for flow rate measurements.

DETERMINATION OF AXIAL MIXING DIFFUSIVITIES

- Axia] mixing in each of the two phases flowing counter-
currently was determined experimentally by pulse injec-
tion of a tracer. Such a technique measures the axial mix-
ing resulting from both the contributory effects mentioned
earlier. The tracer, a dye solution, that is soluble in only
one of the liquids is chosen. The column is placed in
operation without transfer of solute between the liquids,
and a pulse of tracer is suddenly injected into the column
through one of the sampling connections. Samples with-
drawn from a position downstream from the point of in-
jection at timed intervals are then analyzed for tracer
content. These data provide a curve of ¢/c¢; vs. time, such
as those in Figure 2.

Equation (1), applied to the tracer, is simplified since
there is no interphase mass transfer. The replacing of x by
¢, and of Vr/dég by u, the linear velocity of the liquid
under study, produces

2
dc ac E d%c

—_—— Y ——

ot 3z 3z2

(10)
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Fig. 2. Tracer concentrations: (a) water alone, V = 2273, 300

rev./min. (b) water continuous, Yo = 30.88, toluene dispersed, Vp

= 34.58, 200 rev./min. (¢} water continuous, Yo = 27.72, toluene
dispersed, Vp = 25.84, 226 rev./min.

which is applicable to study of either phase. Since it was
inconvenient to inject the tracer at the point where one of
the liquids entered the column, the integration of Equa-
tion (10) based on a column extending to infinity was
used (5):

4 Q

T A B P [—(2 — ut)?/4 Et]

(11)

where $A is the net mean flow area for the liquid being
studied. This is the equation of the curves shown in Fig-
ure 2. The value of E may be found for a given experi-
ment by trial, choosing the value producing a curve
which best follows the experimental points. Since the
point on the curve most influenced by E is the peak, it
is essential that the calculated curve match the experi-
mental data at that point. It was difficult to obtain truly
representative values of ¢, to which E is sensitive. Con-
sequently, the value of u was determined from the ob-
served time t,, corresponding to the peak ¢/c; by differ-
entiating Equation (11) with respect to time and setting
the result equal to zero:

u2=§(——l + 1+(-z};i)2) (12)

The group ¢A was then computed as q/u, and E deter-
mined by simultaneous solution of Equations (11) and
(12).

Measurements were made with water flowing alone,
and also in both liquids when water (continucus) was
contacted with toluene and with kerosene (dispersed).
Table 1 lists the range of variables studied. Preliminary
experiments showed that some relatively small variation
in values of E developed from measurements made with
different numbers of compartments between points of
tracer injection and sampling. This is believed to be the
result of the impossibility of realizing experimentally the
idealized conditions implied in Equation (11), such as
injection of tracer over a zero time period, and instan-
taneous spreading of the injected tracer throughout the
tower cross section. The largest value of E developed
when compartments 4 and 10 from the top were used,
and since for design purposes such valies would be con-
servative, these compartments were then used for the
final measurements. In each case, after 1 hr. of operation
to establish steady state, 30 cc. of dye solution (methyl-
ene blue for water, Oil-Red-O for organic liquid) were
injected at the sampling point by means of a hypodermic
syringe. Samples were analyzed for dye concentration
with either a model B or DU Beckmann spectrophotom-
eter. Figure 2 shows typical data, and detailed tables
of data are available (3).* Better fits of Equation (11) to
the data were always obtained for either water alone or
as the continuous phase in two-liquid runs. The injected
tracer never mixed perfectly with the dispersed phase,
and a mixture of colored and clear drops was always seen

# Data tables have been deposited as document 8766 with the
American Documentation Institute, Photoduplication Service. Librarv
of Congress, Washington 25, D. C., and may be obtained for $1.25
for photoprints or 35-mm. microfilm.

TaBLE 1. RANGE OF VARIABLES STUDIED

Axial mixing diffusivities

Water alone

Agitator speed, rev./min. 150 to 401
Ve, ft./hr. 14 to 83
Vp, ft./hr. —_
uc, Ib./(ft.) (hr.) 1.955 to 2.35
up, Ib./(ft.) (hr.) —
p¢, Ib./cu. ft. 62.1 to 62.2

Ap, Ib./cu. ft. —
oD, vol. fraction —_
o, (Ib.n/hr.2) 105 —_
Calculated d;, cm. -

# Based on Thornton and Bouyatiotis (26).
+ Twenty-five percent of Hinze’s maximum (12).
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Extraction of

Two liquids butyl amine
150 to 300 200 to 275
14 to 39 14 to 31
16 to 43 16 to 35
1.855 to 2.66 2.03 to 2.48
1.28 to 3.59 2.66 to 3.04
62.0 to 62.4 62.17 to 62.31
8.30 to 11.70 11.67 to 12.12
0.05 to 0.36 0.035 to 0.436
7.25t0 9.71 6.48to07.11
— 0.0496 to 0.0693*
0.0635 to 0.0925+
May, 1966
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Fig. 3. Single liquid eddy diffusivities.

in the rising stream. On occasion large colored drops
lin%ered for a long time beneath the horizontal separating
baffles, particularly at low agitator speeds. Truly repre-
sentative samples of the dispersed phase were difficult to
obtain. These difficulties account for the greater scatter
of points and the longer tails on the experimental curves
for the dispersed liquid as compared with Equation (11),
but the intermittently upward motion of the drops caught
under the horizontal baflles makes it possible that an eddy
diffusivity alone may be inadequate to describe the dis-
persed phase effect.

The data for water alone are empirically correlated by

&N

= 0.449 + 001118 —— (13)

VH
with maximum and average error of 21 and 9%, respec-
tively, as shown in Figure 3. Those for water in either
two-phase systems are described by

¢c Ec d; N ¢c
= — 0.1400 + 0.0268 ————— 14
Vc H * Ve (14)

with maximum and average error of 31 and 10%, respec-
tively, as shown in Figure 4. Neither H nor d; were
varied, and their inclusion in Equations (13) and (14)
was suggested by the work of Strand et al. (25), whose
results for RDC extractors follow the same form. In the
case of Equation (14), the effect of Vi on E( is taken
care of by ¢c, which decreases as Vp increases. Unlike
the experiences of Strand, however, the data for the dis-
persed phase could not be described by expressions of
this form. Instead, the best relationship found is

N _ 393(10-9) (—~——di3 N pe )1'54
D o

(%)4.18 ( dizﬂl\:PC )0.61 (15)

where the groups shown were developed by dimensional
analysis, with maximum and average errors of 52 and
189%, respectively, as shown in Figure 5. The impeller
diameter d; was not varied; variations in p¢ and pe oc-
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Fig. 4. Continuous phase eddy diffusivities.

curred only by virtue of the temperature range of the ex-
periments, 15° to 25°C. The group d?N/Ep is a Peclet
number formed from the eddy Schmidt number and im-
peller Reynolds number. There seems to be no important
effect of flow rate of either phase.

Equation (15) shows Ep to decrease with increased
speed, which seems surprising. It was noted during the
experiments, however, that at increased agitator speed
stagnant pockets of dispersed liquid which had a tend-
ency to collect under the horizontal annular baffles were
more readily swept away, and also more uniformly sized
drops, which would have a more uniform rising velocity,
were produced. In this manner, two of the factors con-
tributing to dispersed phase axial mixing are reduced by
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Fig. 5. Dispersed phase eddy diffusivities.
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increased agitation. Nevertheless, the net effect of in-
creased agitator speed is to increase the axial mixing ef-
fect in the dispersed phase on ultimate column perform-
ance, through increased dispersed phase holdup and cor-
respondingly decreased Pec%)et number VpL/¢pEp.

INFLUENCE OF AXIAL MIXING ON EXTRACTION

In order to demonstrate the utility of the axial mixing
measurements, a series of extractions of n-butyl amine
from kerosene (dispersed) into water was run in the col-
umn. The range of conditions covered is shown in Table
1. Amine material balances closed within 3.55 (maximum)
and 1.59 (average) %. Detailed data are available (3).”

For each run, the axial mixing Peclet numbers were
computed through Equations (14) and (15), Nyuore
through Equation (9), and the true number of transfer
units N¢or through Sleicher’s results (24). From the last,
the overall volumetric mass transfer coefficient may be
computed: K.a = Nypr Vgr/L. The fact that the ratio
Nior/Nrorp varied from 1.14 to 3.70 emphasizes the im-
portance of axial mixing.

It is of interest to compare the observed overall mass
transfer coefficients with those predictable from available
correlations. This requires an estimate of the droplet size,
and with this and dispersed phase holdup, the interfacial
area: @ = 6B¢p/dy. Average droplet size was first esti-
mated from the correlation of Thornton (26), and the
observed K,a converted to K., to be compared with a
predicted K.

Predicted values of K; depend upon what the nature
of the dispersed phase droplets is assumed to be, that is,
whether they are assumed to be like rigid spheres or if
circulation within the droplet is allowed for. Both types
were tried. For rigid spieres, the computations were

made through (1, 19):

log k¢ = 0.85 v%9 (log Ng, — 3.504) ,
— (0.550 v1/3 + 0.7605) (16)
and

. 6 < 1
exp (— kot t/40) = —5 24— exp (—4 w02 Dy 1/d?)
n=1

(17)
where £ = Lép/Vp. For circulating spheres (4)
4D Vs )0.5 :
=\ —— 18
e = (222 (18)

® See footnote on page 474.
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where the slip velocity Vs is
Vo Ve
Vs = —— 4+ —- (19)
¢ P
and (10)
0.00375 Vs (20)
D e ——
1+ pp/pe

For either type, the predicted overall coefficient is then
given by
1 1 1

K ko

K.

K;’s calculated for each type of droplet for each run are
compared with the observed values in Figure 6. The ob-
served K.’s fall just a bit below those calculated for rigid
spheres. It was noted that drop sizes calculated from
Thornton’s correlation were on the average 18% of the
maximum values predicted by Hinze {12), and by raising
these to 259% of the maximum, agreement with rigid
spheres was excellent.

Agreement of observed coefficients with those for rigid
spheres was also the experience of Strand et al. (25) with
RDC extractors. It is noteworthy that, had the experi-
mental mass transfer rates not been corrected for axial
mixing, the resulting overall mass transfer coefficients
could only have been predicted by assuming kp’s and
kc's very much smaller than those for rigid spheres, an
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unlikely situation. This emphasizes the necessity of ac-
counting for axial mixing in the study of such extractors,
and points up the likelihood that regularizing of experi-
mental data will not otherwise be possible.

In some of the extraction rums, samples of the column
contents were obtained at seven points along the column
length. These were two-phase samples, and they were
brought to equilibrium before analysis. To calculate the
compositions as they existed at the instant of sampling
requires that the operating line be located (27). This was
done by Rod’s method (22) to account for axial mixing.
Concentration profiles within the column were then pre-
pared. Figure 7 is typical; it shows clearly the large con-
centration changes at both feed and solvent inlets, and
the zero slope of the profile curves at the liquid outlets,
as required by Equations (6) and (8).

ADDENDUM

The holdups ¢p and ¢c = 1 — ¢p were determined
experimentally for each case in the extraction runs re-
ported here. In order to make Equation (14) more gen-
erally useful, we quote here from the work of Wong
(28), who measured holdup with the systems toluene
and kerosene with water (continuous) in the same ex-
tractor. The characteristic velocity Vk is defined as

Ve =Vs (1 —¢p)

and Vi is given for this extractor by

— 1.77(10-4) ( d:gzvz ) (%")M (23)

Holdup ¢p may then be estimated through Equations
(19), (22), and (23).

(22)

Vi ke

(o

NOTATION

A = mean flow area of the extractor = volumetric

capacity/length, sq. ft. (0.1822 sq. ft. in this

case)

specific interfacial surface, sq. ft./cu. ft.

tracer concentration, lb./cu. ft.

molecular diffusivity, sq. ft./hr.

impeller diameter, ft.

drop diameter, ft.

eddy axial diffusivity, sq. ft./hr.

acceleration due to gravity, ft./hr.2

compartment height, nominal (exclusive of gas-

ket thickness), ft. (0.271 ft.)

overall raffinate mass transfer coefficient, ft./hr.

individual phase mass transfer coefficients, ft./hr.

distance between liquid-inlet distributors, ft.

(345 ft.)

distribution coefficient = y/x at equilibrium

agitator speed, rev./hr.

impeller Reynolds number = d?N pc/uc, dimen-

sionless

= true number of overall raffinate transfer units,
dimensionless

= number of overall raffinate transfer units for plug

flow, dimensionless

volume of tracer of concentration c;, cu. ft.

volumetric flow rate, cu. ft./hr.

time, hr.

time for maximum c¢/¢; at sampling point, hr.

true linear velocity, ft./hr.

mean superficial velocity based on mean flow

area = q/A, ft./hr.

characteristic velocity, ft./hr.

slip velocity, ft./hr.
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v = volume of an agitated compartment, cu. ft.

x = concentration of solute in the raffinate liquid, Ib./
cu. ft.

y = concentration of solute in the extract liquid, lb./
cu. ft.

z = distance along the mean flow path from feed in-
let, ft.

z = distance between tracer injection and sampling
points, ft.

Greek Letters

ap = difference in density, lb./cu. ft.

© = viscosity, Ib./(ft.) (hr.)

p = density, Ib./cu. ft.

o = interfacial tension, lb.,,/hr.2

¢ = fractional volume of the contact zone (between
liquid-inlet distributors) occupied by a phase,
dimensionless

Subscripts

C = continuous liquid

D = dispersed liquid

E = extract

i = initial, outside the extractor

R = raffinate

1 = inside the extractor at raffinate outlet

0 = inside the extractor at feed inlet
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